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A model deueloped for multicomponent gas separation using hollow-fiber contactors 
permits simulation of cocurrent, countercurrent, and crossflow contacting patterns with 
permeate purging (or sweep). The numerical approach proposed permits simulation 
to much higher stage cuts than preuiously published work and prouides rapid and 
stable solutions for cases with many components, with widely varying permeability coef- 
ficients. This new approach also permits the rational and straightfonvard incorporation 
of effects such as permeate sweep, pressure-dependent permeability coefficients, and 
bore side pressure gradients. Simulation results are presented for separation of commer- 
cially significant multicomponent gas mixtures using polymer permeation properties sim- 
ilar to those of polysulfone. The effect of permeate purging on separation performance is 
explored for air separation. The influence of pressure ratio on hydrogen separation per- 
formance for a refinery stream is presented. Air is modeled as a four-component mixture 
of O,, N,, CO,, and H,O and the refinery stream contains five components: H,, CH4, 
C, H4,  C, H6, and C, Ha. In air separation, permeate purging with a small fraction of 
the residue stream provides a uery effectiue method for improving module efSiciency for 
drying but is not efficient for improving nitrogen purity or recouery. In multicomponent 
mixtures, maxima in the compositions of components of intermediate permeability may 
be observed as a function of distance along the hollow fiber. This result suggests the use 
of membrane staging to capture these components at their maximum concentration. 

Introduction 
The use of polymeric membranes for gas separation is be- 

coming a standardized unit operation for several applica- 
tions. One of the earliest commercial applications using 
membranes was related to hydrogen recovery from ammonia 
purge gas (Maclean et al., 1980). Membrane-based hydrogen 
separation from mixtures of gases containing components 
such as methane, carbon monoxide, and nitrogen continues 
to be important in industrial applications such as syngas 
(H,/CO) ratio adjustment (Zolandz and Fleming, 1992) and 
hydrogen recovery from hydrocarbons in refineries and 
petrochemical processes (Bollinger et al., 1984). Membrane- 
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based air separation is used to produce nitrogen at concen- 
trations as high as 99.5%, but membranes are most efficient 
producing N, in the 99.9% purity range (Spillman, 1989). The 
production of nitrogen-enriched air-using membranes is im- 
portant in inert gas blanketing of fresh fruits and vegetables 
and inflammable liquids (Spillman, 1989). Raw natural gas 
frequently contains impurities such as carbon dioxide 
and hydrogen sulfide which must be removed prior to deliv- 
ery by pipelines (Spillman, 1989). Both carbon dioxide and 
hydrogen sulfide are much more permeable than methane, 
enabling concentrated methane to be recovered as a high- 
pressure stream using membrane processes (Spillman, 1989). 
Dehydration of natural gas occurs simultaneously with CO, 
removal since water is typically highly permeable. Reduction 
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in the water vapor driving force due to concentration polar- 
ization at the downstream surface can be minimized by pro- 
viding a dry gas sweep at ambient pressure at the down- 
stream side (Zolandz and Fleming, 1992). LJsually, a part of  
the dry gas produced by the membrane is used as the sweep 
(Zolandz and Fleming. 1992). In addition to dehydration of 
natural gas, air can be dehydrated using membrane systems, 
and such systems supply dry air for small laboratory and in- 
strumentation applications (Wang et  al., 1992). The recovery 
of volatile organic compounds from mixtures with air or other 
permanent gases such as methane or hydrogen is a recently 
commercialized membrane-based separation used for remov- 
ing low levels of condensable organics from gas streams em- 
ploying novel. vapor-selective membrane materials (Baker et 

Figure 1. Hollow-fiber module. 

al., 1987; Freeman and Pinnau, 1997; Morisato et al.. 1996). 
Such membrane systems are used to recover vinyl chloride 
monomer from (polyvinyl chloride) reactor vent streams, 
chlorofluorocarbons from coating operations, and ethylene 
and propylene from purge bin off-gas streams in the produc- 
tion of polyethylene and polypropylene. 

In each of the applications described above, models are 
required to predict the performance of gas separation mod- 
ules for process design and optimization. For the current 
study as well as for many of the modeling studies in the liter- 
ature, hollow-fiber membrane modules are the focus of the 
modeling efforts due to their widespread industrial use for 
membrane-based gas separation. 

Excellent reviews of existing models of membrane gas per- 
meators are presented by Kowali et al. (1992) and by Lip- 
scomb (1996). For highly simplified cases (such as perfectly 
mixed residue and feed), analytical solutions are available 
(Naylor and Backer, 1955; Smith et al., 1996; Weller and 
Steiner, 1950). Solutions for more complex cases are gener- 
ally obtained by series approximations or asymptotic analyses 
of the underlying differential equations governing mass- 
transfer and pressure distribution in the module (Basaran and 
Auvil, 1988; Boucif et al., 1984; fiowidi et al., 1992) or by 
solving the governing differential equations directly as a two 
point boundary value problem using shooting techniques 
(Kowali et al., 1992). 

This study presents a multicomponent model that permits 
rapid solution of the governing differential mass and pressure 
distribution in a hollow-fiber gas separation contactor using a 
computational scheme that does not rely on conventional 
shooting techniques, which may be unstable, for 
integration. Our numerical scheme permits rapid resolution 

even at very high stage cuts ( > 95%) for containing 
multiple components and wide variations in component per- 
meances. The model is developed for countercurrent, cocur- 

meate purging. Results presented for air separation show the 
effect of permeate purging on nitrogen purity and recovery, 

of components of intermediate 
permeability may go through a maximum with position in the 
contactor, and this phenomenon is presented and discussed. 

low fiber bundle is sealed on both ends by epoxy tubesheets 
and is contained inside a high-pressure housing. Feed gas may 
be introduced on the bore of the hollow fibers (as shown in 
Figure 1) or on the shell side of the module. For air separa- 
tion, bore side feed is commonly used commercially. For 
hydrogen separations such as the refinery applications dis- 
cussed in this work. transmembrane pressures are much 
greater and shell side feed is common. 

Typically, a set of coupled, nonlinear differential equations 
are solved to determine mole fractions of each component in 
the feed and permeate, pressure in the fiber lumen (that is. 
the bore of the hollow fiber) and in the module shell, and 
feed and permeate flow rate as a function of axial position 
along the length of thc hollow fiber module. The resulting set 
of 2(R - 1)+4 differential equations (where R is the number 
of components in the feed) together with specified feed flow 
rate, feed pressure, feed composition, and permeate outlet 
pressure form a two point boundary value problem. Many 
examples in the literature describe so-called "shooting" tech- 
niques to solve this problem iteratively (Kowali e t  al., 1992). 
However, this methodology becomes cumbersome when there 
are more than two components, when the permeability coef- 
ficients are functions of pressure and composition, and when 
temperature effects are included. These techniques can be 
unstable when calculations are performed at very high per- 
mcate recoveries of one or more components. For these rca- 
sons, we have adopted an alternative strategy which is not 
based on the standard shooting techniques. The present 
treatment provides a simple, flexible framework for modeling 
the separation of multicomponent mixtures and permits the 
rapid implementation of effects such as expansion-driven 

tion, and temperature-dependent permeability coefficients. 
The principal assumptions underpinning the model are: 
(1) Shell side pressure change is negligible. 

of the differential and pressure distribution equations Or Of the gas mixture and pressure, composi- 

rent, and ,-ross-flow contacting patterns with or without per. (2) Bore side pressure change is given the Hagen- 
Poiseuille equation. 

(3) The hollow fibers consist of a very thin membrane sep- 

mass-transfer resistance is confined to the separation mem- 
brane or the total membrane wall. 

(4) There is no axial mixing of shell o r  lumen side gases in 
the direction o f  bulk gas flow. 

as as H,O dew point of residue gas, In multicomponent aration layer On a porous support as "Own in Figure 2' 

the 

- 
( 5 )  The gas on the shell side of the hollow fibers and in 

the lumen is in plug flow. 
( 6 )  The performance of a single hollow fiber is calculated 

in the simulation and these results arc scaled in proportion 

Mathematical Model 
Figure 1 shows the flow configuration and internal struc- 

ture of a typical hollow-fiber gas separation module. The hol- 
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Figure 2. Hollow-fiber cross section of inside diameter 
2Ri, outside diameter 2R, and dense separat- 
ing layer effective thickness t .  

to the number of fibers in the module to account for total gas 
flow and membrane area. 

(7) The deformation of the hollow fiber under pressure is 
negligible. 

(8) All fibers have uniform inner and outer radius as well 
as a uniform thickness separation membrane. 

(9) The membrane module is operated at steady state. 
As explained in more detail in the following sections, the 

representative hollow fiber is divided into a series of N stages 
in the axial direction and mass balances are enforced in each 
section. This procedure is formally equivalent to  using first- 
order finite differences to develop a set of coupled difference 

equations from the differential mass balances for this prob- 
lem. The differential mass and pressure distribution equa- 
tions have been published previously (Lipscomb, 1996; Pan, 
1986). 

Countercurrent jlow 
Figure 3a shows the membrane module broken into a se- 

ries of N perfectly mixed countercurrent stages. For hollow 
fibers, the membrane area is divided into N equal area incre- 
ments 

2 rr R LNf 
N 

(1) h A k  = 

where L is the active (or permeating) length of the hollow 
fibers in the module (m), Nr is the number of fibers in the 
module, and R ,  is the outer radius (m) of the hollow fiber, as 
shown in Figure 2. In Figure 3a, Lk and v k  are the total feed 
and permeate flow rates leaving stage k (kmol/s). The mole 
fractions of component j leaving the feed and permeate sides 
of the membrane at stage k are x,+ and Y ] , ~ ,  respectively. 
The flow rates of component j leaving stage k (kmol/s) on 
the high- and low-pressure sides of the membrane are $,k  

and uI, k ,  respectively. Species mole fractions, component flow 
rate, and total flow rates are related as follows 

a) Counter-Current 

N k+l  k k-1 1 

b) Co-Current 

N k+l  k k-1 1 

Figure 3. Module divided into N sections: (a) countercurrent; (b) cocurrent. 
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- I/ The total feed and permeate flow rates on stage k are the 
sum of the component flow rates as shown below 

R 

L k  = c ‘1,k 
j = 1  

R 

where R is the number of components. A component j mass 
balance over stage k yields 

The transport of component j from the feed to permeate 
stream as a result of permeation across the membrane on 
stage k is 

where ml,k is the mass-flow rate of component j that leaves 
stage k (kmol/s) due to permeation through the membrane. 
The mass-flow rate is given by Barrer et al. (19621, Ghosal 
and Freeman (19941, and Graham (1866) 

where Q, is the permeance (that is, permeability divided by 
active layer membrane thickness) of component j 
(kmol,4m2sPa)), AAk is the area available for mass transfer 
on stage k (m’)), and PL, and P ,  are the feed and permeate 
pressures on stage k (Pa). Equations 2 and 3 may be used to 
eliminate the component mole fractions from Eq. 8 which, 
when combined with Eq. 7 to eliminate m l , k ,  can be rear- 
ranged as follows to provide an expression for u,, : 

Because the permeate pressure appears in the denominator 
of Eq. 9, this model must be reformulated for problems in 
which the downstream partial pressure of component j is zero 
(that is, vacuum downstream). However, in these instances, 
the countercurrent model reduces to the cross-flow model 
discussed below. Equation 9 may be introduced into Eq. 6 to 
eliminate uj, and uI, to yield the following expression 

where the coefficients Bl.k, C, .k ,  and D,,k are 

(12) 

(13) 

In applying these coefficients to the first stage (that is, k = 11, 
V, is the flow rate of the sweep (or permeate purge) stream. 
For component j ,  Eq. 10 can be written for each stage to 
yield a set of N simultaneous equations. These equations may 
be organized to form a tridiagonal matrix as follows 

. . . . . . . . . . . . . . .  1 ‘ ! . k  

. . . . . . . .  
D1,k 

C1.*f-1 

B,, ’V 

. . . . . . . .  

. . . . . .  

. . . . . .  
0 1 ,  A -  

c, . ~V 

Tridiagonal matrices may be solved very efficiently using the 
Thomas algorithm (King, 1980). The solution to Eq. 14 yields 
the feed side flow rates of component j on each of the N 
membrane stages. 

Once the component flow rates are calculated for each 
stage on the feed side, the total feed side flows are calculated 
from Eq. 3. The permeate side flow rates at each stage is 
calculated as follows 

From the solution to the tridiagonal matrix for each com- 
ponent, improved estimates of the component flow rates on 
each stage are obtained. These values are used to recompute 
values of the coefficients in Eqs. 11-13, and the tridiagonal 
matrices are resolved to provide better estimates of compo- 
nent flow rates. This successive approximation procedure is 
repeated until the following criteria are met 

I L1 I 
and 

A L  I41 < 10-8 

AV.+ 1 I _I I < 10-8 

where A L ,  and AVN,. are the changes in total residue flow 
and total permeate flow from one iteration to the next. 

To use this method, an initial guess must be provided for 
the component flow rates on each stage since the coefficients 
in Eqs. 11-13 depend on flow rates on each stage. A cross- 
flow simulator provides initial estimates for the component 
flow rates on each stage. In cross-flow (as demonstrated be- 
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low), the composition of gas produced on a stage depends 
only on the upstream compositions, permeances, and up- 
stream and downstream pressure. That is, the permeate com- 
position on a stage is independent of the composition of gas 
produced downstream by permeation in other stages. For this 
reason, the cross-flow model is straightforward and rapid to 
solve. Moreover, by treating the module as a series of cross- 
flow stages, the variation in residue side gas concentration 
with position in the module is introduced, which provides a 
much more accurate initial guess for the countercurrent sim- 
ulator than simpler models, such as the complete mixing 
model. In the cross-flow model, the mole fraction of compo- 
nent j produced on stage k is given by (Shindo et al., 1985) 

From Eq. 18, a set of R - 1 independent algebraic equations 
may be written for the compositions on each stage. Beginning 
at the feed end of the module, these equations are solved 
simultaneously using Newton's method to give the composi- 
tion of permeate gas produced in each stage. For all stages 
except stage N (the feed stage), the initial guesses of perme- 
ate composition required by Newton's method are given by 
the composition of permeate gas produced on the previous 
stage. For stage N ,  the initial guesses of y j ,  for components 
1, 2, 3, . . . , R - 1 are provided by (Geankoplis, 1993) 

which represents the solution to Eq. 18 in the limit when the 
ratio of feed to permeate pressure is much greater than 
membrane selectivity (that is, selectivity limited separation). 
If Eq. 19 predicts that the partial pressure of any component 
in the permeate is greater than its partial pressure in the 
feed, then the composition of that component is estimated by 
(Geankoplis, 1993) 

(20) 

which is the maximum possible permeate purity when selec- 
tivity is much greater than the ratio of feed to permeate pres- 
sure (that is, pressure ratio limited separation). This limit 
corresponds to the case when the partial pressure of each 
component is equal in the permeate and feed and, therefore, 
the driving force for further mass transfer is zero (Gean- 
koplis, 1993). If the sum of the mole fractions of all permeate 
components on stage N are greater than one, the guessed 
permeate compositions are renormalized to unity. 

From Eq. 8, the amount of permeate gas produced on each 
stage may be calculated. From these results, the change in 
residue flow rate from stage to stage is calculated using Eq. 
7. The total permeate gas composition and flow rate are com- 
puted from the compositions and flow rates on each stage. 

The pressure on the shell side of the fibers is generally 
taken to be constant and equal to the feed pressure. As is 
customary for hollow-fiber membrane separator models 
(Kowali et al., 1992; Lipscomb, 1996), the tube-side (that is, 
permeate) pressure change from stage to stage is calculated 
using the Hagen-Poiseuille relation for laminar flow of an 
incompressible fluid in an impermeable tube (Bird et al., 
1960) 

where pmut is the gas mixture viscosity (Pa * s), which is com- 
puted using the Wilke equation (Bird et al., 19601, R ,  is the 
inner radius of the hollow fiber (m), and Az is the length of 
fiber in the stage (m) (Az = L/Nf). After calculating and up- 
dating the mass flow by the procedure outlined above, the 
bore side pressure profile is recomputed using Eq. 21 and the 
updated flow rates at each stage. For bore-side feed Vk is 
replaced by L,, P ,  on the righthand side is replaced by Pl,k, 
and Pvk- ,  - Pvk is replaced by PLkt l  - PLk. 

As these membrane units are used to separate compress- 
ible gas mixtures and the hollow fibers are permeable, one 
could modify Eq. 21 to account for the effects of gas com- 
pressibility and fiber permeability on lumen pressure profile. 
This modification is straightforward and is presented in the 
Appendix. As shown by the example calculations in the Ap- 
pendix, for the simulation cases presented in this study, the 
influence of gas compressibility and gas flow through the side 
walls of the fibers on the lumen pressure profile are negligi- 
ble. 

In order to perform a simulation, a value for the number 
of stages N must be selected. This value is important since 
selecting too few stages will lead to inaccuracies in the solu- 
tion and selecting too many stages will result in simulations 
requiring more computer time than necessary. We select N 
based on a conservative estimate of the number of stages 
needed to accurately represent the composition profile of 
each component. We use Eqs. 1, 7, and 8 for this calculation. 
The permeate pressure is set to zero in Eq. 8, since the largest 
amount of mass transfer will occur if the downstream partial 
pressure is zero. The upstream pressure is set equal to the 
feed pressure PF (Pa) since this gives the highest driving force 
for mass transfer. We calculate the area in a single stage of 
the separator which would allow a maximum change in the 
mole fraction of each component Ax, ,  away from its value 
in the feed xFj .  With these conditions, we set Eq. 7 equal to 
Eq. 8 and introduce Eq. 1 to obtain 

In the simulations presented in this study, the value of Ax, ,  
is 0.005. Reducing Axm,  below this value never significantly 
changed the computed compositions, flow rates, or pressures. 
We use Eq. 22 to calculate a value of N for each component 
and use the maximum number in subsequent calculations. 
This maximum number was rounded up to the nearest 100 
stages. Most simulation results were obtained using N = 100, 
the minimum value. For some cases, when the stage cut was 
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extremely high ( > YO%), the required number of stages was 
as large as 1,000. For cases with widely varying feed composi- 
tions and permeabilities, one could also set Axrnm to a frac- 
tion of the feed composition rather than an absolute number. 

The cross-flow model generally provides an excellent start- 
ing point for the countercurrent or cocurrent model and, 
therefore, largely alleviates potential problems associated 
with the limited radius of convergence of our successive sub- 
stitution method. One could, of course, use more sophisti- 
cated numerical techniques, such as the Newton-Raphson 
approach. However, this approach would require more com- 
putation overhead. Typical countercurrent simulations re- 
quire no more than 5-15 iterations for a four- or five-compo- 
nent mixture, and such a case takes a fraction of a second 
when the simulator is run using a personal computer. 

Cocurrent flow 
Figure 3b depicts ideal cocurrent flow in a membrane unit. 

The modeling approach described for countercurrent flow is 
followed. 

For ideal cocurrent flow, a component j mass balance on 
stage k is given by 

and the mass flow of component j leaving stage k due to 
permeation is 

Equation 24 is rewritten to give the following expression for 
the permeate flow of component j leaving stage k 

Equation 25 is combined with Eq. 23 to  give an expression 
for the residue flow leaving stage k 

In applying these coefficients to the first stage (that is, k = N ) ,  
V, is the sweep flow rate. For component j ,  Eq. 26 is solved 
beginning at the feed end of the module ( k  = N )  where l l ,k+ ,  
and u, ,~+ are known. The calculation proceeds from stage to 
stage until the residue end of the permeator is reached. The 
cocurrent case does not require the tridiagonal matrix solu- 
tion outlined for countercurrent flow. Initial guesses for the 
overall flow rates and pressures on  each stage are provided 
from the cross-flow model. The calculation of the flow rates 
of each component on each stage from Eq. 26 provides im- 
proved estimates for the total flow rates and pressures, and 
the calculation is repeated until the change in component flow 

Table 1. Module and Process Simulation Parameters 

Feed 
Feed Pres. (bara) 
Permeate Pres. (bara) 
Feed Temp. PC) 
Fiber OD/ID ( prn) 
Fiber Length (m) 
Fiber Pot Length (m) 
No. of Fibers 
Active Memb. Area (m')* 

Air 
Separation 

Bore 
10 

1 
40 

300/150 
1 

0.1 
300,000 

226 

Ternary 
Separation 

Shell 
10 
1 

25 
300/150 

1 
0.1 

350,000 
264 

~ 

H2 
Separation 

Shell 
16.9/42.4 
42.4/7.9 

50 
300/150 

1 
0.1 

500.000 
317 

*Active membrane area is calculated as T (Fiber ODXFiber Length- 
2(Fiber Pot Length)XNumber of Fibers). The module configuration cor- 
responds to thc active scparating layer o n  the exterior of the fiber. The 
fibers are assumed to be potted on each end. 

rates is within a defined tolerance limit. This successive ap- 
proximation procedure is repeated until 

where AV, is the change in total permeate flow from one 
iteration to the next. 

Results and Discussion 
Air separation 

The simulation results described in the remainder of this 
study are for countercurrent contacting. The conditions used 
for the membrane module are presented in Table 1. For the 
air separation case, permeances of the membrane to air gases 
and physical property information related to the air gas com- 
ponents are recorded in Table 2. The membrane permeances 
are selected to be similar to those which might be observed 
with a polysulfone membrane with an effective separating 
layer thickness of approximately 0.1 p m  (Anonymous, 1995). 
In these simulations, the air fed to the module is modeled as 
a four component mixture of 78.41% nitrogen, 20.84% oxy- 
gen, 0.03% carbon dioxide, and 0.72% water (Felder and 
Rousseau, 1986). Thc water composition corresponds to satu- 
ration at 40°C and ten atmospheres total pressure. 

The generation of purified N, is an important industrial 
application of membranes. Several recent patents describe the 
development of membrane module designs with integral in- 
ternal purge to simplify the implementation of permeate 

Table 2. Permeance and Feed Composition for Air 
Separation Simulations 

Air Separation 
Perrneance 

Component Feed Mole Fraction (GPU)* 
N: 0.7841 3.57 
O? 0.2084 20 

HqO 0.0072 1,000 
coz 0.0003 60 

-~ 

* I  G P U =  cm3(STP)/(cmZ~s~cm Hg)= 7.501x10-! '  m'(STP)/(m'.s 
.Pa )=  3 . 3 4 6 ~  lo-" krnol/(mZ.s.Pa). 
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purging (Kalthod, 1996; Nicolas et al., 1995). Nicolas et al. 
teach a method to prepare a hollow-fiber membrane module 
with an internal purge valve that may be regulated to vary the 
amount of the residue or nonpermeate product that is intro- 
duced into thc permeate stream as a purge (Nicolas et al., 
1995). Kalthod teaches a method of permitting permeate 
purge in a hollow fiber membrane module by shortening some 
of the hollow fibers in the hollow fiber bundle so that they 
discharge feed gas directly into the permeate (bore side feed) 
or so that gas flows directly into the fibers without first per- 
meating through their walls (shell side feed) (Kalthod, 1996). 
In addition to drying air, Kalthod teaches that purging can 
improve oxygen production at a fixed oxygen permeate pu- 
rity. 

The effect of permeate purge on nitrogen purity and 
residue recovery is presented in Figures 4 and 5 for two feed 
pressures. Residue recovery is the fraction of the feed flow 
that exits the module in the residue stream. In these simula- 
tions, the purge stream is taken from the residue product. 
Residue recovery is based on residue flow after the purge gas 
has been removed from the residue stream. A purge level of 
10% implies that 10% of the residue gas exiting the module 
is introduced into the permeate stream on the residue end of 
the module. Feed flow rate is varied to generate the 
purity/recovery curves presented in Figure 4. In all cases, as 
expected, as flow rate is increased (which decreases the gas 
contact time with the hollow fibers in the module), residue 
recovery increases (cf. Figure 5 )  and nitrogen purity de- 
creases (cf. Figure 4). That is, there is a tradeoff between 
product purity and recovery. For any recovery and any purge 
level, nitrogen purity increases with increasing feed pressure. 
(In fact, as discussed in more detail later, it is more appropri- 
ate to discuss fecd pressure changes in terms of pressure ra- 
tio, which is the ratio of feed pressure to permeate pressure. 
However, when permeate pressure is constant, any change in 
feed pressure results in a proportional change in pressure 
ratio, so feed pressure effects in these air separation simula- 

1 .o 

h 0.95 
E 
0 
0 
.- - 
c! 

-4- 0.90 
al - 
E 
v 

N 

0.80 1- 

V I  

0% Purge 
10 bar 

\\ ' \  

0.75 
0 

0% P u r g e d  
5 bar 

20 4 0  6 0  80 100 
--L-, ~ I I , 1 

Overall Residue Recovery (YO) 
Figure 4. Effect of permeate purge and feed pressure 

on nitrogen purity in residue. 
Solid lines correspond to a feed pressure of 5 bara, and 
dashed lines correspond to a feed pressure of 10 bara. 

- __ 1' , , 0 
0 1 2 3 4 5 6 7  

Feed FlowlArea (m3(STP)/(m2 hour)) 

Figure 5. Residue recovery and feed flow as a function 
of permeate purge and feed pressure. 

tions may be discussed either in terms of feed pressure or 
pressure ratio.) At higher feed pressure, the driving force for 
mass transfer is increased and, therefore, the nitrogen purity 
of the residue is enhanced. From Figure 5 ,  as purge fraction 
increases at fixed feed pressure and feed flow, overall inerts 
(that is, residue) recovery decreases, and as upstream pres- 
sure increases at fixed purge rate and fixed feed flow, the 
overall residue recovery is lower. Of course, the lower recov- 
ery is accompanied by higher purity as shown in Figure 4. 

For producing purified nitrogen, the most advantageous 
operating conditions are those which yield both high N2 pu- 
rity and high N, recovery in the residue. As the fraction of 
the residue gas used for permeate purging increases. there is 
an unfavorable shift in the nitrogen purity/recovery tradeoff 
curve (cf. Figure 4). This trend is presented explicitly in Fig- 
ure 6. In this figure, the effect of permeate purge on residue 
recovery at fixed purity is presented using two definitions of 
recovery, R'YF and RYF. These symbols are depicted in Fig- 
ure 7. Recovery R'YF is defined based on the residue flow 
rate at the exit from the hollow-fiber separator. On the other 
hand, the overall system recovery R'/F is defined based on 
the residue flow rate after removing the purge stream and 
represents the amount of residue gas which would be avail- 
able from this module for downstream uses. In Figures 4 and 
5, overall system recovery R / F  is used. 

As expected, purging the permeate of a hollow-fiber mem- 
brane separator acts to increase the driving force for mass 
transfer and higher recovery at a fixed residue purity is ob- 
served when recovery is based on residue flow rate at the 
module exit R/F (Li et al., 1990; Pan and Habgood. 1974; 
Wang et al., 1992). However, the overall system recovery R / F  
decreases due to consumption of potential product gas for 
the purge (or sweep) stream. As the permeate purge fraction 
increases, residue recovery at a fixed residue purity would 
increase, all other factors being equal. However, when the 
residue stream is used as the source for the purge gas, the 
performance of the module is penalized by the removal of 
the purge gas from the residue product. The results in Figure 
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Figure 6. Effect of permeate purge on residue recovery 
at fixed purity. 

4 indicate that the removal of the purge gas from the residue 
stream does not provide a sufficient increase in residue re- 
covery in the module to offset the amount of product used 
for the purge. As a result, overall system residue recovery 
R'/F at fixed purity is reduced by purging. 

The influence of upstream pressure on inerts recovery as a 
function of purge fraction is presented in Figure 8. At all 
purity and purge values considered in Figure 8, recovery is 
higher at higher feed pressure or, equivalently, at higher 
pressure ratio. Based on the ratio of 0, and N, permeances 
in Table 2, the O,/N, selectivity is 5.6. The results in Figure 
8 were generated at pressure ratios of 5 and 10, values which 
bracket the membrane selectivity. As demonstrated by Baker 
and Wijmans (1994), permeate composition increases with in- 
creasing pressure ratio and is most sensitive to pressure ratio 
when selectivity and pressure ratio have similar values. Thus, 
higher feed pressures increase the efficiency of separation by 
increasing the pressure ratio, which translates to higher re- 
covery at fixed purity or higher purity at fixed recovery. 

The calculations summarized above also yield information 
about the permeate purity and recovery. The effect of feed 
pressure and purge fraction on oxygen purity and permeate 
recovery is presented in Figure 9. Like the nitrogen results, 
operating at higher pressure improves oxygen purity at a fixed 
permeate recovery, and purging the permeate with residue 
gas dilutes the permeate product and results in unfavorable 
tradeoffs on the purity/recovery map presented in Figure 9. 
At low permeate recovery values ( < 5% without purging and 
< 30% with 10% purging), oxygen purity decreases as recov- 
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Figure 7. Definitions of recovery for cases with perme- 
ate purge. 
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Figure 8. Effect of permeate purge on residue recovery 
RIF at fixed nitrogen product purity and fixed 
feed pressure. 

ery decreases. With a tubeside feed module, at very low 
permeate recoveries, feed flow rates are very high and the 
transmodule pressure drop in the bore of the hollow fibers 
becomes large. For example, at 5% permeate recovery, a feed 
pressure of 10 atmospheres and no purging, the pressure at 
the residue end of the fibers is only 8.7 atmospheres, a 13% 
decrease relative to the feed pressure. This large pressure 
decrease along the length of the fiber results in a lower aver- 
age driving force for mass transfer which, in turn, leads to 
lower oxygen purity in the permeate. For cases with purge, 
the decrease in purity with decreasing permeate recovery (that 
is, increasing feed flow rate) is exacerbated by the tendency 
of the higher purge flow rates at higher feed flow rates to 
dilute the permeate. Of course, as shown in Eq. 21, the feed 
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Figure 9. Effect of permeate purge and feed pressure 
on permeate oxygen purity. 
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to residue pressure drop is a strong function of fiber inner 
diameter, and values used for this example are believed to be 
reasonable based on information describing the state of the 
art for hollow fibers. 

Permeate purging can be used to assist the removal of low 
concentrations of highly permeable impurities in a feed gas 
mixture. The use of permeate purging to reduce required 
membrane area for such applications has been described in 
general (Pan and Habgood, 1974) and for the removal of CO, 
from sealed life support systems such as submarines and space 
capsules (Li et al., 1990). Membrane-based air drying is prac- 
ticed using permeate purging to enhance the rate of removal 
of water from the feed gas (Wang et al., 1992). The following 
simulation of air drying demonstrates the effect of purge rate 
on water removal from air. Figure 10 presents the residue 
stream dew point temperature as a function of purge fraction 
for various nitrogen residue purity values and two values of 
water permeance. The dew point temperature decreases 
monotonically with increasing purge fraction. As the purge 
gas is obtained from the residue stream, an increase in purge 
fraction increases the feed flow to the module to maintain a 
fixed nitrogen purity, and this increase in feed flow rate de- 
creases the residence time of gas in the module, which tends 
to increase the concentration of water in the residue and, 
therefore, the dew point of the residue gas. The residue purge 
gas also increases the driving force for transport of water, 
and this tends to decrease the dew point temperature of the 
product residue gas. The results in Figure 10 suggest that the 
latter effect is more important than the former, and purging 
effectively decreases the dew point temperature at fixed ni- 
trogen purity. 

High permeability components present in low concentra- 
tions, such as water in air, are particularly sensitive to con- 
centration polarization (or mass-transfer limitations) and 
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Figure 10. Effect of permeate purging on residue dew 
point temperature at fixed nitrogen residue 
purity. 
Solid lines correspond to simulations with water perme- 
ancc of 1,000 GPU and the dashed lines represent simula- 
tiona with a water permeance of 350 GPU Other module 
dnd membrane parameters are recorded in Tables 1 and 2 

shell-side fluid flow maldistribution (Wang et al., 1992). These 
factors act to decrease the efficiency of the separator for re- 
moving such components from the feed gas. To provide a 
rough qualitative guide of the influence of such effects on the 
results just presented, we have recomputed these results us- 
ing an effective water permeance of 350 GPU rather than 
1,000 GPU. These results are also presented in Figure 10 as 
dashed lines. As expected, the residue dew point is higher 
when the water permeance is lower. Moreover, the effect of 
purging on residue dew point temperature is weaker when 
water permeance is lower. For example, at 86% N, purity, 
10% purge decreases the dew point by nearly 50°C from 
- 41.6"C to - 89.7"C. In contrast, when the effective water 
permeance is only 350 GPU, the dew point decreases by less 
than 2VC, from - 15.0"C to - 34.1°C, as the purge is in- 
creased from 0 to 10% of the residue flow rate at 86% residue 
N, purity. 

Hydrogen separation 
Hydrotreatment is a common unit operation in refineries. 

In this process, petroleum intermediates are contacted with 
hydrogen under appropriate conditions to reduce the sulfur, 
nitrogen, metals, asphaltene, and carbon residue content of 
the feedstock. This process requires substantial amounts of 
hydrogen gas, and much of the excess hydrogen is available 
for recycle. Membranes are often used to purify the recycled 
hydrogen. The major impurities are light hydrocarbons. The 
composition of a typical feedstream to a membrane hydrogen 
purification from a hydrotreater is given in Table 3. For the 
simulations described below, the membrane permeance val- 
ues are roughly those expected for a polysulfone membrane 
with an 0.1 p m  thick effective separating layer (Anonymous, 
1995). 

The hydrogen product produced by the membrane is in the 
permeate stream, so the purified hydrogen is available at 
lower pressure than the feed. The permeate pressure is an 
important process variable since the utility of the hydrogen 
produced by the membrane process depends, in part, on the 
pressure at which the hydrogen is produced. Generally, the 
hydrogen produced in the permeate stream is more valuable 
or useful if it is produced at higher permeate pressure to 
minimize or avoid recompression costs. 

To illustrate the effect of pressure or, more appropriately, 
pressure ratio on hydrogen purity and recovery, two cases are 
presented in Figure 11. The simulation parameters used for 
this separation are provided in Tables 1 and 3. Feed flow 
rate is varied to obtain results at various purity/recovery val- 
ues. In both cases, the pressure difference between the feed 

Table 3. Permeance and Feed Composition for Hydrogen 
Separation Simulations 

Hydrogen Separation 
Permeance 

Component Feed Mole Fraction (GPU) 
0.650 
0.025 
0.210 
0.080 
0.035 

100 
3.03 
2.86 
2.00 
1.89 
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Figure 11. Influence of pressure ratio on hydrogen pu- 
rity/recovery characteristics in hydrotreater 
applications. 
The pressure difference between the feed and permeate 
pressure is maintained constant at 34 7 bar (SO0 psi). In 
this figure, p is the feed pressure, and pp IS the permeate 
pressure ( ~ a f  

and permeate streams is maintained constant at 34.7 bar (500 
psi). However, the ratio of feed to permeate pressure is quite 
different for the two cases, 5.3 when the feed pressure is 42.4 
bar and 1.8 when the feed pressure is 76.9 bar. When the 
pressure ratio is higher, hydrogen recovery is higher at each 
hydrogen purity or, alternatively, hydrogen purity in the per- 
meate is higher at any recovery even though absolute feed 
pressure i s  lower. However, this improvement in separation 
performance comes at a penalty, since the permeate pressure 
is lower in the higher-pressure ratio case and would, there- 
fore, result in more recompression costs if the H ,  needed to 
be supplied to a downstream process or recycled at, for ex- 
ample, the feed pressure. These results suggest a complex 
economic tradeoff between compression costs, hydrogen re- 
covery, and hydrogen purity that is probably rather unique to 
each hydrogen application. 

Concentration profiles for two components, hydrogen and 
methane, are presented as a function of axial position in the 
module in Figure 12. In this figure, z/L is the normalized 
axial coordinate in the module, and L is the active fiber 
length, which is the total fiber length (1 m) less than the length 
of the potted ends of the fibers (0.2 m). The residue end of 
the module is at z = 0, and z = L corresponds to the feed 
and permeate end of the module (see Figure 1). The concen- 
tration profiles are presented for a case which exhibits ex- 
tremely high permeate recovery (94.6%). As expected, the 
composition of hydrogen decreases rapidly from the feed end 
of the module (that is, z/L = 1) where most of the hydrogen 
is stripped from the feed and appears in the permeate. (At 
this high recovery, only about 20% of the module membrane 
area is efficiently used for H, purification.) While this recov- 
ery is higher than one would typically find in industrial prac- 
tice, this case serves to illustrate the following two points. 
First, the composition of methane, a component of interme- 
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Figure 12. Hydrogen and ethylene concentration pro- 
files in hydrotreater application. 
In this figure. pf is the feed pressure, and p P  is the perme- 
ate preqsurc (Pa). The feed flow rate is 283.2 m3(STP)/h 
(10,000 SCFH), and the total permeate recovery is 94.6%. 

diate permeability in this mixture, exhibits a maximum with 
axial position. Such maxima were not observed in the binary 
case and prompted further simulation studies of a ternary 
mixture to probe the observed maxima in composition pro- 
files. Secondly, the hydrogen concentration on both the high- 
and low-pressure sides of the membranes becomes very small 
near the residue end of the fibers. In the region where the 
hydrogen concentration profile appears flat in Figure 12 (0 5 
z/L < 0.751, the hydrogen partial pressure is practically equal 
on both the high- and low-pressure sides of the fibers. In 
tests we ran using shooting methods to solve the governing 
differential equations, we found the numerical methods to be 
unstable and were unable to achieve convergence in such 
cases. Therefore, this case also illustrates the robustness of 
the model for simulation conditions at very high recovery 
when an extremely permeable component is removed to such 
an extent that the partial pressures on both the high- and 
low-pressure side of the membrane become practically equal. 
One would expect this situation to occur rather frequently in 
dehydration applications since water is usually much more 
permeable than any other component in the mixture. 

Model three component separation 
A ternary case was selected for studies of the maxima in 

composition profiles because this is the simplest case which, 
with constant permeability coefficients, can exhibit the max- 
ima in compositions seen in the five component refinery case. 
The simulation conditions are presented in Tables 1 and 4. 
We have selected an equimolar feed mixture with a maxi- 
mum selectivity of 50. Typical composition profiles are pre- 
sented in Figure 13 for a feed flow rate of 283.2 mi (STP)/h 
(10,000 SCFH). The residue and permeate composition of the 
most permeable component (that is, component 1) decreases 
as z/L (that is, distance from the residue end of the perme- 
ator) decreases since this component is most efficiently 
stripped from the feed. The residue and permeate composi- 
tions of component 3, the least permeable component, in- 
crease monotonically as z/L decreases. which reflects the 
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Table 4. Permeance and Feed Composition for Ternary 
Separation Simulations 

Ternarv SeDaration 
Permeance 

Component Feed Mole Fraction (GPU) 
I 0.3333 500 
I 0.3333 100 
> 0.3334 10 
3 

systematic enrichment of the residue stream in this compo- 
nent (due to selective removal of the other more permeable 
species) as distance from the feed end of the permeator in- 
creases. The residue and permeate compositions of compo- 
nent 2, whose permeability is intermediate between that of 
the other components, exhibit a maximum. In a mixture of 
two components, the composition of the more permeable 
component always increases in the permeate and residue as 
the distance from the closed (that is, residue) end of the fibers 
is increased and vice versa for the less permeable component. 
In a three-component mixture, a very permeable component 
will be largely removed from the feed in a relatively short 
distance from the feed end of the fibers, which will increase 
the composition of the remaining two components in the 
residue. Then, the composition of the second most perme- 
able component must begin to decrease as this component is 
selectively removed from the residue, and the composition of 
the least permeable component will continue to increase over 
the entire length of the fibers. In this way, in mixtures with at 
least three components, maxima in the compositions of com- 
ponents of intermediate composition may be observed. Stag- 
ing of membrane modules in series could be used to harvest 
components of intermediate permeability at maximum con- 
centration. 

Conclusions 
A model for multicomponent gas separation using a hol- 

low-fiber contactor is presented. The model permits simula- 

0 0.2 0.4 0.6 0.8 1 
Residue Axial Position, zIL Feed 

Permeate 
Figure 13. Residue ( x i )  and permeate ( y i )  concentra- 

tion profiles in ternary case. 

tion of cocurrent, countercurrent, and cross-flow contacting 
patterns with permeate purging (or sweep). Examples of use 
of the model are provided by three separate case studies. In 
air separation, permeate purging using a fraction of the 
residue stream is shown to be an inefficient means to im- 
prove nitrogen or oxygen purity. However, for air drying, 
purging the permeate with a small fraction of the residue 
stream can markedly reduce the dew point of the residue 
stream. In 3 +  component mixtures, maxima in the composi- 
tion of components of intermediate permeability may be ob- 
served. 
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Notation 
F = total feed flow rate (kmol/s) 

AL, = difference in total residue flow rate on stage k between two 
iterations (kmol/s) 

R“= total residue flow rate from module (kmol/s) 
R‘= total residue flow rate after removing purge stream (kmol/s) 
V =  total permeate flow rate (kmol/s) 

AV, = difference in total permeate flow rate on stage k between two 
iterations (kmol/s) 

x F  = feed mole fraction of component j 
t =  axial distance along the active section of the hollow fibers 

measured from the residue end of the module, m 
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Appendix: Mechanical Energy Balance to Calcu- 
late Shell Side Pressure Drop 

The Hagen-Poiseuille relation is most often used to calcu- 
late shell side pressure variations in hollow fiber gas separa- 
tion simulations (Kowali et al., 1992; Lipscomb, 1996). Strictly 
speaking, this relation (Eq. 21) is only valid for steady-state, 
laminar, incompressible flow of a Newtonian fluid in a circu- 
lar pipe with impermeable walls. In this appendix, we use the 
steady-state mechanical energy balance to derive a more gen- 
eral result for pressure changes in a permeable hollow fiber 
of constant radius R,, through which a compressible gas flows. 
This result is then used to identify the criteria for which the 
Hagen-Poiseuille relation would not provide an adequate de- 
scription of the pressure distribution in the hollow fiber. 

Figure A1 presents a cross-sectional view of stage k of a 
hollow fiber of length Az. In this figure, high-pressure gas 
permeates from the interior to the exterior of the fiber. This 
corresponds to a bore side feed case. Modification of the 
derivation below for shell side feed is obvious. 

The steady-state, isothermal mechanical energy balance for 
gas in plug flow through the section of hollow fiber in Figure 
A1 is given by (Bird et al., 1960) 

4 A2 I b 

I 

- i 
“W 

Figure A l .  Cross-sectional view of stage k section of 
hollow fiber. 

where U,, ,, U , ,  and 6, are the average velocities of gas en- 
tering stage k (m/s) from the previous stage, leaving stage k 
for the next stage, and leaving stage k as a result of perme- 
ation throygh the wall of the hollow fiber. Po is a reference 
pressure, I/ is the specific volume of the gas mixture (mykg), 
f is the Fanning friction factor, and Az ( = L/N)  is the length 
of stage k .  As the gas flow rates encountered in the simula- 
tions discussed in this article are in the laminar flow regime, 
the friction factor is given by (Bird et al., 1960) 

If situations other than laminar flow are of interest, the ap- 
propriate relation between the friction factor and the 
Reynolds number may be introduced as needed. We restrict 
our analysis to ideal gases, for which the specific volume is 
given by (Bird et al., 1960) 

A RT v=- 
MP 

(A3) 

where M is the mole-fraction weighted molecular weight 
(kg/kmol) of the gas mixture, T is the absolute temperature 
(K), R is the gas constant [m3.Pa/(kmol).K], and P is pres- 
sure (kmol/s). This assumption may, of course, be relaxed by 
introducing another equation of state to describe the rela- 
tionship between temperature, pressure, and gas specific vol- 
ume. 

The average axial velocity may be written as follows 

(A4) 

where A is the cross-sectional area of the fiber (.xR?). 
Inserting Eqs. A4, A3, and A2 into Al, carrying out the 

required integrations, and combining terms, the following ex- 
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pression, which describes the pressure distribution in the bore 
of the hollow fibers, is obtained 

The first term on the righthand side of Eq. A5 represents the 
contribution of viscous forces to pressure changes in the fiber, 
the second term corresponds to the effect of gas compress- 
ibility on pressure changes, and the last term describes the 
impact of loss (or gain) of gas due to permeation of gas 
through the fiber walls in bore side (or shell side) feed. 

If the second and third terms on the righthand side of Eq. 
A5 are negligible, then Eq. A5 reduces to the Hagen- 
Poiseuille relation in Eq. 21. Equation A5 may be used in 
place of Eq. 21 to compute the pressure profile in each stage 
of the hollow fiber module. Unlike the Hagen-Poiseuille 
equation, Eq. A5 requires an iterative solution procedure. The 
Hagen-Poiseuille relation should provide an excellent initial 
guess for the iteration process. 

In the following sections, we derive expressions for the 
conditions under which gas compressibility and gas loss due 
to permeation through the hollow fibers are negligible rela- 
tive to viscous forces. The results are expressed in terms of 
dimensionless numbers, which can easily be calculated to de- 
termine the relative importance of each term in Eq. A5. 

Influence of Gas Compressibility on Pressure 
Profile 

To determine the criteria under which gas compressibility 
effects are insignificant, we first simplify Eq. A5. We neglect 
the influence of gas loss (or gain) through the permeable fiber 
walls (that is, we neglect the last term in Eq. A5). We then 
consider a section of fiber short enough so that L ,  = L,, 
and that the lefthand side of Eq. A5 may be expanded in a 
Taylor series to give 

where the pressure change across the section of the hollow 
fiber A P is A P = PL, - PI*,-,. When the section of the hol- 
low fiber is short, the term in brackets on the righthand side 
of Eq. A5 may be expanded in a Taylor series as follows 

Inserting Eq. A7 into A6 and rearranging yields 

(A71 

Clearly, gas compressibility effects will be negligible when the 
following criterion is met. (For the purpose of this analysis, it 
is appropriate to introduce the approximation: PL,+ I = PI-,.) 

In the simulations described in this article, a high value of 
feed gas flow rate to a module containing 300,000 fibers would 
be 283.2 m3(STP)/h (10,000 SCFH). This corresponds to a 
maximum flow rate per fiber L ,  of 2.62 x lo-’ m3 (STP)/s or 
1 . 1 7 ~  kmol/s. If the fibers have an inside radius of 75 
X m, the cross-sectional area A is 1.77X lo-* m2. The 
temperature is 323 K, the highest used in our simulations, 
the pressure is one bara (the lowest value used in our simula- 
tions), and the gas molecular weight is 44 kg/kmol, the high- 
est value used in the simulations. The flow rate per unit area 
L,/A is 0.661 kmol/(m2- s). With these values, the numerical 
value of the term in Eq. A8 is 200, which is much greater 
than one. The values used in this example were selected to 
provide a conservative (that is, low) value of the term in Eq. 
A9. This result means that viscous effects are 200 times more 
important than gas compressibility effects on the axial pres- 
sure profile for this case. Therefore, for all of the cases which 
we have considered, gas compressibility effects are negligible. 

Influence of Fiber Wall Permeability on Pressure 
Profile 

To evaluate the influence of fiber wall permeability on the 
pressure profile, we use the approach outlined in the previ- 
ous section, that is, we evaluate the importance of the perme- 
able fiber contribution to Eq. A5 relative to that of viscous 
forces. Neglecting the gas compressibility term and choosing 
a short enough section of fiber such that the Taylor series 
expansion of the lefthand side of Eq. A5 is valid, we obtain 

The average velocity of gas exiting or entering the fiber wall 
due to permeation is 

(Al l )  

where A, is the active area for permeation through the fiber 
wall and is taken to be 2.rrR0Az, consistent with Eq. 1 and 
the fact that the separation membrane is typically on the out- 
side of the hollow fiber. The difference in flow rate at the 
entrance and exit of the fiber is due to permeation through 
the fiber wall and, using Eq. 8, can be written as follows 

For convenience, we define the pressure-normalized total 
permeance Q [kmol/(m*.s.Pa)] as follows 
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(A131 

Introducing Eqs. A l l ,  A12, and A13 into Eq. Al0,  we obtain 

Clearly, the influence of wall permeation on the pressure 
profile inside the fibers will be negligible when the first term 
inside the brackets of Eq. A14 is much larger than the second 
term 

Inserting Eq. A4 into A15 and rearranging, we arrive at the 
criteria for which permeation through the fiber walls makes a 
negligible contribution to  the pressure profile inside the hol- 
low fibers 

(A161 

As an example calculation representative of our simula- 
tions, we take the gas viscosity to  be 2X P a - s  (0.02 cp) 
and the fiber inner radius to be the same as in the previous 
example 75 X m. The gas molecular weight is 2 kg/kmol, 
that of hydrogen, one of the most permeable components 
considered in our study. We use the maximum value of pres- 
sure 76.9 bara, and outer radius is 150X lo-' m. The value 
of Q is taken to be 100 GPU (3.346X lo-' ' kmol/(m'-s.Pa)), 
which corresponds to the maximum value of this function if 
we treat the feed gas to be pure hydrogen and allow the per- 
meate pressure to be zero. Basically, setting Q to this large 
value and using the highest feed pressure considered in this 
study and zero permeate pressure maximizes the amount of 
gas which can permeate through the fiber wall. With these 
values, we find that the lefthand side of Eq. A16 is 1.4X 10'. 
which is much greater than one. This result means that pres- 
sure changes due to viscous losses are roughly 14,000,000 
times as large as pressure changes due to permeation through 
the fiber walls. Even at feed flow rates orders of magnitude 
less than those considered in this example, the gas permeabil- 
ity effect on the bore side pressure profile would he negligi- 
ble. 

In this Appendix, we have derived the criteria to deter- 
mine whether or not gas compressibility and fiber permeabil- 
ity influence the pressure profile in the bore of the hollow 
fibers. In all cases considered in this article, these effects are 
negligible and the pressure distribution should, therefore, be 
well-represented by the Hagen-Poiseuille equation. 
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